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Abstract

In this work a new mathematical model, based on non-equilibrium conditions, describing the dynamic adsorption of proteins in columns
packed with spherical adsorbent particles is used to study the performance of chromatographic systems. Simulations of frontal chromatog-
raphy, including axial dispersion, for non-equilibrium systems with non-linear adsorption isotherms are made and compared to those of the
experimentally determined protein A affinity chromatography breakthrough curtdg®fgathered from the literature. The non-equilibrium
model developed here combines external mass transfer and intra-particle transport by solid (surface) diffusion, and permits the prediction of
(time and bed height dependent) interface and average solid concentrations, along with interface and bulk liquid concentrations. The present
non-equilibrium approach significantly improved the model predictions of experimentally observed distended breakthrough fronts over local
equilibrium based models, and can be used to evaluate the influence of system parameters on the performance of chromatographic packed-be
adsorption columns.
© 2004 Elsevier B.V. All rights reserved.
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1. Introduction experimentally observed distended breakthrough fronts and
causes the predicted curves to be too sliatp-13}

Frontal chromatography is a widely used process in Yao and Tien[14] showed that, for systems with linear
the purification of biopharmaceuticals. Simulations of adsorption isotherms, the classic LDF expression is equiva-
chromatographic processes are useful for studying andlent to the solution of the intraparticle diffusion equation and
understanding complex column dynamics. In packed-bed extended their analys{45] to systems with non-linear ad-
adsorption, the complexity of the problem increases if the sorption isotherms. For the case of surface diffusion model
usually assumed condition of local equilibrium is not in- they concluded that, due to the approximate solution, the er-
voked. The local equilibrium model neglects all transient ror introduced was of the order af(f, ) — c&(x, ]2 where
resistances, i.e. there is no concentration gradient within ac(x, 1) is the interphase liquid concentration (mgAyrad-
particle or in the liquid film. Local equilibrium assumption jacent to the adsorbent surface which is in equilibrium with
between fluid and solid phases is assumed by many au-gs(x, 1), andc(x, 1) is the bulk liquid concentration (mg/cin
thors, thus greatly simplifying their equatiofis—10]. For in the void fraction of packed-bed adsorption column, as
the cases of realistic mass transfer resistances, and espeshown inFig. 1 This leads to the conclusion that the solution
cially for non-linear adsorption isotherms, local equilibrium of Yao and Tien15] becomes free from errors if{(x, 1) =
based models usually become less effective in predicting c%(x, £). Such a case is of course only possible when local

equilibrium assumption holdgrig. 1 schematically rep-
resents the solute adsorption in a spherical homogeneous
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Fig. 1. Solute adsorption in a spherical adsorbent particle.

bulk liquid concentrationg(x, t) due to the fact that equi- on external mass transfer and pore diffusion by incorporat-
librium is not attained instantaneously but follows a given ing a time dependent hypothetical equilibrium solid phase
kinetics. The film concentration gradient might only be flat- concentration. They assumed that there is an unreacted core,
tened at near saturation conditions and thus local equilibrium shrinking in size as adsorption proceeds. The surface (solid)
assumption might become valid. Otherwise, since adsorp-diffusion model considers the intraparticle resistance in the
tion itself is generally very fast, it is reasonable to state that form of surface (solid) diffusion and has been successfully
equilibrium is attained at the interface ie. adsorbent phaseemployed for characterizing mass transfer processes asso-
surface concentratiomys(x, 1) reaches to the equilibrium  ciated with the adsorption of solutes onto adsorbents or ion
with the surface of the liquid film that is next to the adsor- exchange adsorbenf5,26,29—-33]
bent,c(x, 1). Therefore, throughout the adsorption process, In this work, a new and efficient mathematical model
until near saturation, non-equilibrium conditions prevail. describing the dynamic adsorption of proteins in columns
Lumped rate models, where overall mass transfer coef- packed with spherical adsorbent particles is used to study
ficients have been used by combining the film and particle the performance of chromatographic systems operating un-
mass transfer resistances, took the interest of researcherder non-equilibrium conditions with non-linear adsorption
[11,16-21] For linear systems, pore diffusion lumped mod- isotherms. Several groups of researchers have proposed and
els can fit the breakthrough curves well but might give in- solved packed-bed adsorption models using different numer-
accurate pore diffusion coefficientg2]. Another approach ical approachef34—-36] These models are generally based
[23,24] for non-equilibrium adsorption modeling is to en- on a “coupled” partial differential equation (PDE) system
visage an instant equilibrium between bulk fluid concen- with two sets of mass balance equations in the bulk fluid
tration and solid surface concentration, as an alternative toand particle phases, and thus require the use of advanced
the local equilibrium (instant equilibrium between bulk fluid numerical methods such as orthogonal collocation or finite
concentration and solid average concentration) assumptionelement so as to save memory space with reasonable effi-
However, such an approach leads to intraparticle resistanceciency and accuracy. The present approach obviates the so-
controlling, and neglects external film resistance. lution of “coupled” PDE systems, and employs a single set
Resistance to mass transfer in adsorption processes iof PDE by crediting the present time particle phase concen-
usually based on a dual resistance model combining ex-tration at a specified bed location (situated between the two
ternal mass transfer and intraparticle transport. The major consecutive panels) through the use of one time step prior to
differences in the models are due to the mechanism of intra-the present time particle phase concentration, and the bulk
particle diffusion proposed, namely pore diffusion, surface fluid inlet and outlet concentration differences, which con-
(solid) diffusion or a combination of both. Pore diffusion currently takes into account the accumulation and axial dis-
model assumes that the adsorbate diffuses in the pores opersion effects.
the adsorbent, and is adsorbed on the surface of the pores. Simulations of frontal chromatography, including axial
An additional assumption is that the adsorption rate is much dispersion, were made and compared to those of the ex-
faster than the diffusion raf@5-27] Choy et al[28] have perimentally determined protein A affinity chromatography
studied batch adsorption with a two-resistance model basedoreakthrough curves dilgG, gathered from the literature
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[10]. The present non-equilibrium approach significantly whereBi is the Biot number Krp/Ds). Eq. (3) gives the
improved the model predictions of experimentally observed Langmuir adsorption isotherm expressi¢#0]. Due to
distended breakthrough fronts over local equilibrium based the realistic mass transfer resistances, i.e. non-equilibrium
models, and can be used to evaluate the influence of sys-conditions as shown irFig. 1, the widely used instant
tem parameters on the performance of chromatographicequilibrium (local equilibrium assumption) between the
packed-bed adsorption columns. solid average concentratiofix, t) and the bulk liquid con-

It is sought in this paper to accomplish the following centrationc(x, ¢) is ruled out under dynamic conditions.
with the introduction of a new non-equilibrium model However, it is reasonable to assume ki, ¢) is in equi-
which is free from the limitations of the above mentioned librium with gs(x,7) since adsorption itself (transfer of
non-equilibrium models: (1) to demonstrate the effect of the solute at the interphase to adsorbed state) is generally very
feed inlet concentration on the time and bed height depen-fast.
dent interface and bulk liquid concentrations; (2) to show
the dynamic behavior of solid phase average concentrationsgs(x, 1) =
and solid phase surface concentrations and thus to suggest
protocols for new system operations and/or scale-up pro-FromEgs (2) and (3)we obtain the following relationship:
cesses of chromatographic packed-bed adsorption columns.

gmKrci(x, 1)

1+ Kpcé(x, 1) 3

[cix, D)% + [% — ngl ) + KiL — c(x, t)i| ci(x, 1)
2. Theoretical 1 [C(x’ . 5q(x, t)} ~0 @
K Bi
The mathematical model used in this work considers that . .
single component adsorption takes place from a flowing lig- The positive root ofq. (4)is
uid stream in a packed-bed chromatographic column (in- —M + M2+ 4/K[c(x, ) + 53(x, 1)/Bi]
side radius= R.cm, bed height= Lcm, bed void fraction ~ ¢s(x. 1) = 5 (5)
= ¢) of spherical adsorbent particles (raditsp, cm) under
isothermal conditions. The change of interstitial velocity of Where
the liquid streamy (cm/s), and the liquid concentration gra- 5¢m  5q(x, 1) 1
dients in the radial direction of the bed are considered to be ™ = Bi ~ ~ Bi + K, c(x, 1) 6)

negligible. A constant surface (solid) diffusivits (cm?/s)

is used. Non-equilibrium conditions exist between the adsor-
bent particle and the liquid in the void fraction of packed-bed
chromatographic adsorption column. It is assumed that the

A differential mass balance gives the well known governing
equation for a packed-bed adsorption colug).

2
non-linear equilibrium data can be represented by Langmuir dcx, + vac(x’ ) + Ble(x, 1) — ci(x, D] = Dam
equation. The model is based on a dual resistance model ox ox 7
combining external mass transfer and intraparticle transport (7)
by solid (surface) diffusion, and assumes a parabolic con-\yhere

centration profile within the particl&qg. (1)shows the math- 3(1—e)

ematical expression of the parabolic concentration profile. g = - kg (8)

p

— _ 2
qx, ) = ax, ) + b(x, Or ) Regarding the mass transfer resistanEggs,(7)contains the

whereg(x, 1) is the time and bed height dependent average ki t€rm only, but as shown i&q. (2) surface diffusivity is

solid concentration (mg/ctnsolid, including particle pores ~ inherently included irs(x, 7) term. Furthermore, there are
volume) andu(x, 1) andb(x, 1) are the coefficients. Gleuck- WO dependent variables(x, r) andcg(x, 1) and two inde-
auf and Coatef87] proposed the linear driving force (LDF) ~Pendentvariables,andt. Substitution o&g. (5)into Eq. (7)
model and they described that the adsorption rate of a single9'V€S:

adsorbate into an adsorbent particle is essentially propor- 3c(x, D] [

tional to the amount of adsorbate still required to produce +v

c(x, 1] LB |:c(x, )
0x

equilibrium in the adsorbent. Yao and Tifi¥] derived the or

batch adsorption version &q. (2) by using the LDF ap- VM2 4+ 4/K[c(x, 1) + 5G(x, 1)/Bi] — M
proximation. Goto et al[38] and Tejeda-Mansir et aJ39] N 2

showed that the LDF approximation is equivalent to the )

parabolic concentration profile assumption within the parti- _— Daa [g(xz’ 0] (9)
cle. X

_ Bi . Under non-linear conditions such as the present case, there
qs(x, 1) = qx. ) + Fle(x, 1) — s, 1] @) are no analytical solutions fdEq. (9) Solutions must be
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Eq. (9)gives
h I:é — (o + V)Ci—l,j+1 + A+ 2y)c,»,j+1 + (o — V)Ci+1,j+1
1= liquid in
k 4 57 :
SHEE olid v =(1—,3k)Ci,j+ﬂ— \/Mz—i-—(ci,j—i——q'_"’)—M
2 packed-bed . liquid 2 K Bi
column ¢ ‘ A = (11)
ik 2Ax A? I where
A i=nx-1 ) kv
= = 12
= t o= 12)
l eu() = o (©) v kD4
(a) (b) liquid out y = ? (13)

Fig. 2. Schematic representation of a packed-bed adsorption column for Eq. (11)requires the use of the average adsorbate concentra-
mathematical analysis: (a) general display, (b) display for the calculation tion of adsorbentg;  value. Let us considdfig. 2b where
of solid average concentrations. . e tqllj : il g.
imaginarily adsorbent (solid) and liquid are accumulated on
opposite sides of the column. During the time stelp= k,

material balance for panels between 1 andi + 1 gives
calculated numerically with the following initial and bound- g, ; value for panel, whereAx = h.

ary conditions. Furthermore, solution&§. (9)requires the

use of average concentration in the adsorbgnt,7) value, 4 ek (Cioy i — cian i) — 2h de(x, 1)
which is addressed after the presentation of the liquid side 7"/ = 76771 T 31— gy, | V717 T Gl dt
equations. . Da(ci—1,j — icj,i + Ci+1,j):| (14)
I.C. t=0 forallxinthe c¢(x,H) =0

packed-bed The value ofoc(x, £)/dt term, shown irEq. (14)can be ex-
B.C.1 fort>0 x=0 c(x, 1) =Cp pressed with finite difference equations. In order to fng
B.C.2 fort>0 x=L dc(x,n]/ox =0 let us expressc(x, t)/dt again with a backward difference

approximation, but in this case one time step earlier then
The second boundary condition is defined by the stop that of the backward difference approximatiorbofx, ) /ot.

of mass transfer at the column outlet, whege(mg/cn?®) Hence, fpr_the calculation af valugs atj + 1 time, theg
is the constant liquid inlet concentration. In the present values af time shall be employed i&q. (11)

work the finite difference technique has been employed to ac(x,?)  —c;j-1+c¢i; 15
provide a numerical solution. Since explicit schemes may =~ 5; k (15)

suffer from stability limits the implicit scheme is used,

whered[c(x, 1)]/ox andd?[c(x, £)] /3x? are evaluated by the Substitution ofeq. (15)into Eq. (14)gives

central difference approximation aréfic(x, 1)]/9t is eval- GGt (it i — Cinn i)
uated by the backward difference approximatigig. 2a 0/ = 4ij-1 T OG- T Gl
shows the schematic representation of a packed-bed chro- ¢ (i i —ciii1)
matographic adsorption column for numerical analysis. 1—¢ W7
The column is divided into hypothetical slices of thick- €
o +y——(ci-1,j — 2cij +ciy1j 16
nessAx = h, where the time increment wast = k. For Py, i+ €1 )) (16)

distance x and time,t step indices of andj are used, re-
spectively. Instead of applying above given B.Cxat L,
we approximated the(x, t)|y—; values ati = nx + 1
by linear extrapolation of(x,¢) values ati = nx — 1
andi = nx.

i = nx+ 1 (packed-bed outlet).

It is assumed that the liquid concentrationiat nx + 1
can be calculated by extrapolating= nx — 1 andi = nx
data.

Crx—1,j+1 — 20nx, j+1 + cnx1,j41 =0 (17)
i =1 (packed-inlet
Ci)j+1 = Ci,j = C0 (10)
l<i<nx+1

The left-hand side oEq. (10)is known and it is equal to
the constant liquid inlet concentration. The variables on the
left-hand side oEqgs. (11) and (17are unknown. However,

if we have a grid ofi + 1 spatial points, then at timg+ 1
Evaluatingd[c(x, n]/dx and 8?[c(x, 1)]/3x? by the central there are: + 1 unknown nodal values. We can assemble the
difference approximation, arfilc(x, )] /3¢ by the backward  set ofn + 1 equations of the form given iRig. 3. By solv-
difference approximatiorj42] and substituting them into  ing the equation system presentedFig. 3, we determine
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1 0 0 0 0 0 0 Crjt+l Co
0 5a. 0
“(aty) 142y a-y 0 0 0 0 Caji (1= Bk)c,, NLSSTIVE +i(c2,. + 2%y g
; 2 K, - Bi 5
O 5q, g
0 -(o+y) 12y o~y 0 0 C3+1 (1= Bk)c, ; + Pk 2 +i(c3/ + 205 y-MO
2 K, Bi g
0 0  -(o+y) 1+2y a-y 0 0
X =
0 -(o+y) 1+2y  a-y 0
0 0 -(o+y) 1+2y o~y 0 Cnx-1j+1
0 S5q O
0 0 -(o+y) 12y  a-y Cnjil (- Bk, + Bk M? +i(c””. MLy y-M0O
- K, ’ Bi 5
0 0 coe .ee cee 0 1 -2 1 Cnx+1,j+1 0
Fig. 3. Assembly of the set of 4+ 1 equations for numerical solution.
c1, €2, ..., cpt1 attime stepj+1 fromes, c2, ..., cut1 solution density and viscosity, properties of pure water are

at time steg. Ozdural et al[43,44] employed a similar so-  used.
lution methodology to packed-bed enzyme reactors and to The well-known correlation of Wilson and Geankoplis

flat plate dialyzer$45]. [47] for mass transfer of liquids in packed-beds was used
Table 1
3. Simulation results and comparison with the Chromatography media (porous glass, PG 700 and PG 1000) and column
experimental data properties to be used in the prediction of breakthrough profilesig.
Data from McCue et al[10]
The validity of the non-equilibrium model predictions Properties PG 700 PG 1000
were checked by comparing the simulated results with ex- Bulk density (g/crd) 0.39 0.38
perimental data from literature. McCue et @0] used two Particle porosity (-) 0.68 0.69

different pore sizes of protein-A chromatography media (PG Average particle diametey.(n) 100 100

700 and PG 1000, obtained from Millipore, Bedford, MA, gzg \ézligi??c(n:; gg_‘g 2:35
USA). The authors concluded that the Langmuir model suc- column i.d. (cm) 0.66 0.66
cessfully represents the experimental adsorption isotherms Langmuir isothermgy value (mg/icmd media) 121 76

and performed frontal chromatography studies, by loading Langmuir isothermK,_ value (cni/mg) 18.9 131

solution ofhlgG in PBS (1 mg/cr#) onto the columns un-
der two different (250 and 500 cm/h) superficial velocities, Table 2

where free solution diffusivity ohlgG was calculated as Axial dispersion,D; and film mass transfels coefficients calculated
4.0x 10~7 c/s. Experimental and local equilibrium based M"ough Eas- (18) and (19)

models predicted breakthrough profilesnd§G on PG 700  u(cm/h) PG 708 PG 1000

and PG 1000 were presentedrags. 4 and 5n their article. 20cnf? 6cnP

The authors kindly provided the experimental data upon our ke x 10° D, x 103 ke x 10° D, x 10°
reques{46]. The system and operating parameters are sum- (cm/s) (crrPls) (cm/s) (céls)
marized inTable 1 Prior to the non-equilibrium simulation 250 1.22 3.27 1.16 3.58
studies, film mass transfer and axial dispersion coefficients 500 1.54 6.50 1.47 7.12
are calculated for the system of interest and giveTaible 2 a Media.

Since the feed at the column inlet is a dilute solution, for  ® Bed height.
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Fig. 4. Experimental and the proposed homogeneous surface diffusion
under non-equilibrium conditions model predicted breakthrough profiles of
hlgG on: (a) PG 1000 chromatography media, (b) PG 700 chromatography
media. Note: Experimental data of Figs. 4 and 5 of McCue et al. [10] are
kindly supplied by the authors, with permission from Elsevier, Copyright
(2003).

for evaluating the film mass transfer coefficient, where Sher-
wood number (Sh = 2rpks/D) is expressed in terms of
Reynolds (Re = 2rpup/u) and Schmidt number (S =

w/pD).
Sh= (@) Rel/3 5cl/3 (18)

&
for 0.0016 < Re < 55 and 165 < Sc < 70600.

The axial dispersion coefficient, Dy for liquids in packed
beds has been studied by severa researchers. Their results
have been collected and presented graphically [48,49]. D4
values for the present conditions are calculated using the
following empirical Peclet number (Pe = 2rpv/Dj) versus
Reynolds number correlation [50]. This relation is based on
numerous experiments over a broad range of Re numbers
(1072 to 103).

¢Pe = 0.20 + 0.011 Re"* (19)

We have determined the bed height dependent bulk liquid
concentration, ¢ and the liquid film interphase concentra-

Fig. 5. Experimental and () pore diffusion, (b) homogeneous surface
diffusion model (LE assumption) predicted breakthrough profiles of higG
on PG 700 chromatography media. Note: Experimental data of Fig. 4 of
McCue et a. [10] are kindly supplied by the authors, with permission
from Elsevier, Copyright (2003).

tion, ¢ versus accumulated volume (that represents time)
profiles, through homogeneous surface diffusion under
non-equilibrium conditions model proposed in this study,
for the parameter values given in Tables 1 and 2. We have
also determined the corresponding profiles of adsorbent
particle average concentration, g and adsorbent particle
surface concentration, gs. Fig. 4 gives the experimentally
determined breakthrough profiles of McCue et a. [10]
for columns packed with: (a) PG 1000, (b) PG 700 chro-
matography media, along with the non-equilibrium model
breakthrough curve predictions of the present study. The
authors [10] used along bed (20 cm) for PG 700 and a short
bed for PG 1000 (6 cm) with a constant column inside di-
ameter (i.d. = 0.66 cm), and employed two different liquid
superficial velocities (u = 250 and 500 cm/h) with an inlet
concentration of 1.0 mg/cmq. During the model cal culations
we used Ds values of 0.48 x 1079 and 1.8 x 10~% cm?/s for
PG 700 and PG 1000, respectively. These values are con-
sistent with those of McCue et a. [10] where they obtained
a series of Dg values for different initial tank concentra-
tions from the fitting of stirred tank experimental uptake
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data. The chromatographic media content of their column
studies increases with the bed length and thus during most
of the adsorption process it is expected that a greater por-
tion of the chromatographic media come upon with a less
concentrated solution for the long column (PG 700) as
compared with the short column (PG 1000) for the same
inlet superficial velocity and concentration. Hence, we have
reached to better fits for the long column (PG 700) with
Ds values of McCue et al. [10] corresponding to the lower
range of 0.5-1.0mg/mL initia tank concentration, whereas
for PG 1000 better fits were obtained with Dg values corre-
sponding to the upper range of 0.5-1.0mg/mL initia tank
concentration.

Local equilibrium assumption based PG 700 and PG 1000
packed column breakthrough profile simulations of McCue
et a. [10], where the model equations were solved via or-
thogonal collocation on finite elements, are reproduced in
Figs. 5 and 6, respectively (by permission from Elsevier).
Comparison of the non-equilibrium simulations (Fig. 4)
against local equilibrium based simulations (Figs. 5 and 6),
where the same operation parameters are employed, clearly

1.0 T T
PG 1000
o = 1.0 mg/lem®
0.8 | E
0.6 E
° [2)
g 5 Pore diffusion model
0.4 with LE assumption b
O Experimental, u= 250 cm/h
0.2 O Experimental, u=500cm/h |
— Modedl output, u = 250 cm/h
---  Model output, u =500 cm/h
0.0+ . 1 . 1 1 .
0 50 100 150 200 250
(a) Volume (mL)
1.0 T T —
PG 1000
Co = 1.0 mg/lem®
0.8 B
0.6 - i
)
go |:|‘r0 Surface diffusion model
04} with LE assumption .
O Experimental, u =250 cm/h
0.2} o O Experimental, u=500cmh
o ,O — Model output, u =250 cm’h
r . ---  Model output, u=500cm/h
o.o&tﬂjﬁ’p , : , : , L
0 50 100 150 200 250
(b) Volume (mL)

Fig. 6. Experimental and (a) pore diffusion, (b) homogeneous surface
diffusion model (LE assumption) predicted breakthrough profiles of higG
on PG 1000 chromatography media. Note: Experimental data of Fig. 5
of McCue et a. [10] are kindly supplied by the authors, with permission
from Elsevier, Copyright (2003).

illustrates the superiority of the non-equilibrium model
over local equilibrium assumption based pore diffusion and
homogeneous surface diffusion models. McCue et a. [10]
have repeated simulation studies both for pore and surface
diffusion based loca equilibrium models. These models
fail in simulating the tails of experimental breakthrough
profiles due to the assumption of instant equilibrium be-
tween bulk liquid and solid concentrations. Figs. 5 and 6
illustrates that local equilibrium assumption used by Mc-
Cue et d. [10], as it does not take into account the mass
transfer resistances, falsely predicts higher adsorption rates.
On the other hand Fig. 4 shows that non-equilibrium model
simulations of this study predicts lower adsorption rates
that are in agreement with the experimental data of McCue
et a. [10], i.e. the break point time of local equilibrium
assumption based models becomes greater than that of the
non-equilibrium predictions. The non-equilibrium model
behaviors, presented in this study, indicate similar trends
with the anaysis of Harwell et a. [17]. Furthermore, if
the local equilibrium assumption is used, breakthrough
curves become steeper than that of non-equilibrium break-
through curves, and initial “tailing” of the breakthrough
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q | iii = catbed outlet, iv= ¢, at bed outlet
< i
£ o8} s
(3] . 7
- // ii / /
S 4 ii /7
= o6t 7
2 ," 7 Surface diffusion under
8 £ l" non-equilibrium conditions
o 04t '," 4
g_ (,' [ PG 1000
-} £ 4 c,=1.0 mg/cm1
0.2F 4 u =500 cnv/h
/i ke = 1.467 x 107 cm/s
," Ds=18x 10" cm?s
’
0 cld L " 1 "
0 50 100 150 200 250
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80} i= ¢ at % bed height, ii = q, at %2 bed height
70 iii = ; at bed outlet, iv = g, at bed outlet
«E e
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()] 7 5
E /S
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g ‘,J iii
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Fig. 7. Non-equilibrium model predicted PG 1000 chromatography media
packed-bed chromatographic column for high feed inlet concentration: (a)
interphase and bulk liquid concentration patterns, (b) solid surface and
solid average concentration patterns. Operating parameters are the same
with that of Fig. 4a
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curve disappear. Thus, the assumption of local equilibrium
incorrectly predicts a narrower mass transfer zone than
actualy is present. McCue et al. [10] have based their or-
thogonal collocation numerical solution methodology on a
“coupled” partia differential equation (PDE) system with
two sets of mass balance equations in the bulk fluid and
particle phases. In the present approach, we used a simpler
procedure that obviates the solution of “coupled” PDE sys-
tems. The numerical solution strategy of this work is based
on the implicit scheme finite differences technique for the
solution of a single PDE by taking the advantage that, to
a good approximation at a specified bed location, the dif-
ference between “one time step prior to the present time
particle phase concentration” and “the present time particle
phase concentration” is negligible for a small increment in
time.

With the aid of the non-equilibrium model, the correla-
tions between: (@) interphase and bulk liquid concentrations;
(b) solid surface and solid average concentrations for PG
1000 chromatography media packed chromatographic col-
umn are presented in Fig. 7. The correlations using the same
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Fig. 8. Non-equilibrium model predicted PG 1000 chromatography media
packed-bed chromatographic column for low feed inlet concentration: (&)
interphase and bulk liquid concentration patterns, (b) solid surface and
solid average concentration patterns. Operating parameters are the same
with that of Fig. 4a with the exception that the value of cg is decreased
by a factor of 10.

parameters with that of Fig. 4ais presented at Fig. 7, which
illustrates that, the difference between interphase and bulk
liquid concentrations are small, but there is a substantial dif-
ference between solid surface and solid average concentra-
tions due to the relatively small Dg value, ie. large internal
resistance.

In order observe the influence of the feed concentration
model simulation is repeated using the parameter values of
Fig. 7 but the value of cp is decreased by a factor of 10.
Fig. 8 illustrates non-equilibrium model simulations at feed
concentration of 0.1 mg/cmS. Fig. 8 shows that at the to-
tal bed height outlet, due to the low solute concentration of
the feed, the values of c, ¢} and g, gs start to appear only
at the end of the ssimulation period. However, the compar-
ison of Figs. 7 and 8 for 1/2 bed height reveals that at the
low feed inlet concentration (Fig. 8a) the percent difference
between ¢ and ¢ increases as compared with that of high
feed inlet concentration (Fig. 7a). This might be attributed
to the predomination of film resistance at low solute con-
centration. Furthermore, for high feed inlet concentration
the difference between solid surface concentration gs and
solid average concentration g becomes notable, whereas for
low feed inlet concentration the difference between gs and
g becomes less significant, as shown in Figs. 7b and 8b,
respectively. This indicates that the solid phase resistance
might become the critical step for high feed inlet concen-
trations.

4, Conclusion

In this work a new mathematical model, based on
non-equilibrium conditions, describing the dynamic ad-
sorption of proteins in columns packed with spherical
adsorbent particles is used to study the performance of
chromatographic systems. The method commences with a
general model, where combination of external mass transfer
and intra-particle transport by solid (surface) diffusion is
employed. The present analysis showed that the oversim-
plification of packed-bed adsorption with models based on
assumptions of local equilibrium, leads to the erroneous
predictions of breakthrough curves. Comparison of the
non-equilibrium model predicted bulk liquid concentration
and the corresponding interphase liquid concentration il-
lustrate that there are substantial differences between them.
This is especidly true for the early stages of adsorbent
loading. Furthermore, it was concluded that the local equi-
librium assumption falsely implies a narrower mass transfer
zone than actualy it is. A local equilibrium assumption
should thus be made only for qualitative estimates of break
point times for real systems. The present study illustrates
that; there is a noticeabl e difference between adsorbent par-
ticle surface concentration and its average concentration.
The adsorbent loading status and thus the time, seriously
alter the difference between adsorbent particle surface con-
centration and its average concentration.
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5. Nomenclature

Bi Biot number (krp/ Ds)

c liquid concentration in the void fraction

of packed-bed adsorption column (mg/cm?3)
Co liquid concentration

at the packed-bed inlet (mg/cm?3)
cr interphase liquid concentration (mg/cm?3)

D free diffusivity of higG in water (cm?/s)

D,  axia dispersion coefficient (cm?/s)

Ds  surface (solid) diffusivity (cm?/s)

h increment in distance (cm)

i X panel index used in numerical solution

i t panel index used in numerical solution

k increment in time (s)

ks film mass transfer coefficient (cm/s)

KL  constant in Langmuir isotherm (cm3/mg)

L packed-bed height (cm)

Pe Peclet number based on interstitial
fluid velocity (2rpv/ Da)

q adsorbent particle average
concentration (mg/cm? solid)

am Langmuir isotherm maximum adsorption
capacity (mg/cm? solid)

Js solid concentration at the adsorbent
surface (mg/cm? solid)

r radial coordinate (cm)

p adsorbent particle average radius (cm)

Re column inside radius (cm)

Re Reynolds number based on superficia fluid
velocity (2rpup/ )

S Schmidt number (u/pD)

S Sherwood number (2rpks / D)

t time (s)

u superficia velocity (cm/s)

v interstitial velocity (cm/s)

X packed-bed axial distance (cm)

Greek letters

o parameter equal to kv/(2h)

B parameter equal to 3(1 — e)k¢ /(erp)
e void fraction in packed-bed adsorber
y  parameter equal to kDa/ h?

n liquid phase viscosity (kg/ms)

o liquid phase density (kg/md)
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